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a b s t r a c t

The partial oxidation of propane to acrolein is studied in a dual bed membrane reactor. A porous mem-
brane tube is used to feed oxygen to the annular catalyst beds surrounding the porous section of the
membrane tube. The distributed oxygen feed in the membrane tube lowers the partial pressure of oxy-
gen in each bed increasing selectivity to the partially oxidized product over total oxidation. The first bed
contained a V/MgO catalyst for the partial oxidation of propane to propene. The second bed consisted of
a BiMo catalyst to convert propene to acrolein. Studied were conducted first in each bed separately to
ropylene
crolein

determine operating conditions in each bed and then in a dual bed configuration.
The separate inert membrane reactors show improvement in selectivity of few % in comparison to fixed

bed reactors. On the other hand when using both membrane reactors combined in a dual bed configuration
a major improvement in acrolein selectivity of up to 21% was obtained. Catalysts characterization by
surface area, X-ray diffraction, and X-ray photoelectron spectroscopy showed that the improvement was
due to the distribution of the oxygen flow rate through the membrane in the second membrane reactor
which prevented the deactivation of the BiMo catalyst.
. Introduction

Prior modeling studies in our group [1] have demonstrated
mprovements in the selectivity of the partial oxidation products
n the inert membrane reactor (IMR) system over a fixed bed reac-
or (FBR) in both the propane oxidative dehydrogenation (ODH)
o propylene and propylene oxidation to acrolein (POA) reactions.
inetics studies of these reactions show that due differences in

he oxygen dependence in the reaction rates complete oxidation
eactions are favored over the selective oxidation reactions [2–14].
elective oxidation reactions for propane and propylene are about
ero order in oxygen while the complete oxidation reactions are
rst order with respect to oxygen. This difference in the kinetics

end support to the use of membrane reactors for the selective oxi-
ation of both propane and propylene, as a membrane tube can be
tilized to distribute oxygen along the length of the catalyst bed and
herefore reduce the local partial pressure of oxygen in the reaction
one.
The production of acrolein, a valuable oxygenated product, is
urrently derived from propylene. The utilization of propane in the
roduction of oxygenated C3 hydrocarbons and acrolein provides
n economic incentive due to the lower cost of alkanes. The direct
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conversion of propane to acrolein has been studied in literature in
an attempt to develop a one-step process [15–20] but such efforts
have had little success with a maximum yield of 8% reported in the
open literature [18]. The title reaction has also been studied in a
catalytic membrane reactor in which the catalyst was part of the
membrane wall [15].

The direct conversion of propane requires the dehydrogenation
of C3 to propylene (C3 ) and the oxidation of the olefin to acrolein.
The necessity for using different reaction conditions for each reac-
tion makes it more advantageous to utilize two separate reactors
instead of a one-step process. Interesting results obtained by Sinev
et al. [19] showed that acrolein yields could be increased by com-
bining an ODH and POA catalysts in two beds in a single reactor.
From such results it was proposed that an intermediate is formed
over the ODH catalyst that produces a yield to acrolein superior
than that propylene over the POA catalyst. The benefit seen from
consecutive reaction beds, coupled with the difficulty in develop-
ing a catalyst for a one-step process, makes improvements to the
two-bed process a more viable alternative.

The results presented in this paper were obtained by combin-
ing the consecutive reaction network of the partial oxidation of
propane to acrolein with the use of a membrane reactor. A dual

bed membrane reactor was used to carry out the oxidative dehy-
drogenation of propane to propylene in the first bed followed by
the partial oxidation of propylene to acrolein in the second bed. The
dual bed membrane reactor provides the opportunity for a more
selective and cost effective process for the production of acrolein.

http://www.sciencedirect.com/science/journal/09205861
http://www.elsevier.com/locate/cattod
mailto:ewolf@nd.edu
dx.doi.org/10.1016/j.cattod.2010.02.041
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. Experimental

.1. Catalyst preparation

The catalysts used in the selective oxidation reactions of
ropane and propylene are V/MgO and BiMo oxide, respectively,
repared following methods reported in the literature without fur-
her optimization.

The V2O5 supported on MgO catalyst (V/MgO) was prepared
y wet impregnation of vanadium oxide onto a MgO support [6].
.3 mL of ammonium hydroxide was added to 243.3 mL of reagent
ater resulting in a 2 wt% of ammonia solution. 1.24 g of ammo-
ium metavanadate (NH4VO3) was added to the ammonia solution
nder constant stirring. The solution is heated up to 70 ◦C at which
oint 3.0 g of MgO are added to the solution which is further evap-
rated for 4 h and dried overnight at room temperature yielding a
hite powder. The dried powder is calcined at 550 ◦C for 6 h result-

ng in a yellow colored catalyst. After calcination, the catalyst was
rst pelletized and the resulting pellets were broken up and sieved
o select particles between 600 �m and 1 mm for use in catalytic
ctivity studies.

The BiMo oxide catalyst was prepared according to one the
ethods described in the literature [21]. Bismuth nitrate and

mmonium heptamolybdate precursors solutions were prepared
eparately. Solution A contained 24.2 g of Bi(NO3)3·5H2O, 91 mL of
ater and 9 mL of nitric acid, and solution B consisted of 100 mL

f water containing 8.8 g of NH4Mo7O24·4H2O. Solution A was
dded dropwise to solution B at 1 mL/min under constant stir-
ing maintaining the pH at 7 by addition of NH4OH. The resulting
o-precipitate formed a yellow solution, which after evaporation
vernight at 90 ◦C, yielded a solid that was further dried for 2
ays at room temperature. The dried solid was further calcined
t 450 ◦C for 8 h yielding a yellow pale material. The catalyst
as first pelletized and the resulting pellets were broken up and

ieved to select particles between 600 �m and 1 mm for use in
atalytic activity measurements. Each of these catalysts was char-
cterized in a calcined (pre-reaction) and reduced (post-reaction)
tate.

.2. Catalyst characterization

Total BET surface area measurements were carried out
n a Monosorb (Quantachrome) instrument. Catalyst samples
50–100 mg of catalyst) were outgassed at 200 ◦C to remove any
dsorbed water from the surface. Following outgassing, the sample
as exposed to a gas stream containing 30% nitrogen in He and a

iquid nitrogen bath was used to immerse the sample holder into
t.

X-ray diffraction analysis was performed in a powder diffrac-
ometer using Cu K� radiation (Scintag Inc.). The catalyst powders
ere sieved to particles less than 600 �m and XRD measurements
ere conducted in air after calcination before reaction and after

eactor use.
X-ray photoelectron spectroscopy (XPS) measurements for the

/MgO and BiMo catalysts were conducted in a Kratos XSAM-800
pectrometer equipped with an Al K� source (energy = 1.489 keV).
he electron energy transitions analyzed were Mg 2p, V2O5 2p3/2
nd Bi 4f7/2. No statistically significant shifts of binding energies
BE) were observed due to charging effects when results were
btained using MgO, V2O5 and BiMo standards or obtained using
nd electron flood gun. Binding energies are referred to C-1s lev-

ls (285.0 eV). Surface composition was calculated from the ratio of
he integrated intensity of the peak corrected by the correspond-
ng sensitivity factor [24], with a precision estimated at about 10%.
owder samples were sieved to less than 600 �m and mounted on
XPS sample holder using a carbon tape. XPS analysis of the cata-
Fig. 1. (a) FBR and (b) IMR schematics in a dual bed configuration.

lyst samples was conducted before reaction and ex situ calcination
(pre-reaction) and after reaction.

Fourier transform infrared spectroscopy (FTIR) experiments
were conducted in a 6020 Galaxy Series FT-IR (Mattson Instru-
ments) spectrometer. An in situ IR cell equipped with Cesium Iodide
IR windows was used to conduct experiments in transmission mode
on wafers prepared by pressing to 8000 psi catalyst powders that
were sieved to less than 90 �m. The IR cell has a catalyst holder that
was heated by cartridge heaters and the temperature was main-
tained constant by a PID temperature controller. The flow rates
were controlled by the feed flow system described below.

2.3. Catalytic reactors

Activity and selectivity measurements were conducted in a
standard tubular fixed bed reactor (FBR) and a distributive inert
membrane reactor (IMR). The FBR (Fig. 1a) consisted of a quartz
tube of 9.3 mm and 12.5 mm ID and OD, respectively and 12.5 cm
long with the bed located in the middle of the reactor. Catalyst
beds are supported by quartz wool and the feed gasses flow down
through the catalyst beds into an on-line gas chromatograph (GC)
sampling valve. A thermocouple inserted in a quartz thermowell is
positioned concentrically inside the reactor tube within the catalyst
bed. The reactor is heated with a heavy insulated flexible heating
tape and the catalysts temperature is maintained constant by a pro-
grammable temperature controller. All gas flows were fed into the
reaction system by computer controlled electronic mass flow con-
trollers (MFC). Special software was used to control the MFC and
specify the flow rates and run time of the reactants.

A schematic of the dual bed inert membrane reactor is shown in
Fig. 1b. It consists of two concentric tubes of 18.7 mm and 21.8 in. ID
and OD, respectively, leaving an annular space in between where
the catalysts beds are positioned. The outer tube is made of quartz
whereas the inner tube is the membrane part of the reactor.

The membrane tube consists of two separate alumina tubes of
9.37 mm ID. The first tube is a non-porous segment 12 cm long and

the second is 25 mm long segment of porous alumina (US Filter).
The porous segment is capped at one end with a mixture of crushed
alumina and ceramic glaze dried at room temperature and baked
at 990 ◦C. The non-porous and porous alumina tubes are bonded
with ceramic glue (Respond 989 – Cotronics) at 200 ◦C. After the
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ig. 2. SEM image of the porous alumina membrane tube at magnification 700. The
verage pore diameter is 12.3 �m.

esired reaction length of the porous segment is determined by
he amount of catalyst to be used, a glaze coating is applied to seal
ff the remaining undesired porous area. The membrane tube thus
repared is baked for 12 h at 900 ◦C. This procedure was developed
o save on the use of expensive porous alumina tubes.

An SEM image of the porous alumina membrane (Fig. 2) shows
he highly porous structure and the large pore diameters of the

embrane. The average pore size of the alumina is 12.3 ± 2.2 �m.
he dimensions of select pores are shown to demonstrate the
eneral order of magnitude and the variation among the pore diam-
ters.

Each membrane tube is capped at one end so that only the frac-
ion in contact with the catalysts bed is porous. This design was
dopted to prevent mixing the gases flowing in the inner tube (oxy-
en) and in the annular space (propane) which would have negated
he potential advantages of the membrane reactor configuration.

embrane tubes were used in an inverted configuration in the dual
ed reactor to provide independent oxygen feed to each catalyst
ed.

Propane and helium were fed into the outer annular space of
he reactor flowing down through the catalyst beds. Oxygen was
ed into the inner concentric tube flowing into the annular space
hrough the porous segment of the membrane alumina tube. The
eactor is heated for approximately 5 cm to preheat the feed and
aintain the catalyst bed temperature. The catalyst beds are sup-

orted by quartz wool positioned on top of a porous quartz frit,
hich is open at the center to allow the membrane tube to pass

hrough. Temperature in each bed was measured by thermocou-
les inserted directly into the catalyst bed from side ports on the
uartz reactor tube. The reactor was heated with heavy insulated
exible heating tape and the temperature was regulated by a pro-
rammable temperature controller using the thermocouples signal
s feedback. In the dual bed reactor configuration additional quartz
ool was packed between the two catalyst beds, and a second heat-

ng tape and thermocouple were used and controlled by a second
rogrammable temperature controller to maintain the tempera-
ure of the second bed constant.

Reactor effluents flow through heating tapes to prevent con-
ensation of water and the heavier hydrocarbons products into a
-port sampling valve for GC analysis. An HP 5890 GC, equipped

ith both a thermal conductivity detector (TCD) and a flame ion-

zation detector (FID was used for analysis of the effluent gases. Two
olumns in series-parallel configuration were used. The sample is
njected first into a 6 ft × 1/8 in. Hayesep Q 80/100 column (Alltech)
onnected to an air actuated 6-port switching valve and then to a
Fig. 3. X-ray diffraction patterns of the V/MgO catalyst under calcined (bottom),
post-reaction 2B-IMR (middle), and post-reaction 2B-FBR (top).

second 15 ft × 1/8 in. 60/80 Carboxen-1000 (Supelco) column. The
switching valve is automatically actuated to direct the He carrier
gas flow with the sample to the FID for hydrocarbon analysis or to
continue to the second column followed into the TCD for light gas
analysis. The GC is run in a temperature controlled mode beginning
with at 80 ◦C for 25 min and then ramping up at a rate of 25 ◦C/min
up to 160 ◦C.

The carbon balance for most runs was within 5% error but it
was higher when oxygen deficient feeds were used. For simplicity,
the selectivity of only the main products, propylene, acrolein, CO
and CO2 are listed. The other products not listed are small amount
of methane, and ethane and ethylene from C3 cracking and par-
tially oxygenated C3 such as propanol, acetone and acrylic acid, all
present in concentrations in the 1–3% range.

3. Results and discussion

3.1. Surface area

The specific surface areas of V/MgO and bulk Bi–Mo oxide cat-
alyst samples, were significantly different. The MgO support has
a BET surface area of 71.2 m2/g and addition of vanadium oxide
species reduced the surface area of V/MgO to 56.0 m2/g. The bulk
BiMo catalyst has a surface area of only 3.5 m2/g, typical of bulk
oxides. Despite the low surface area, the BiMo catalysts maintained
a reasonable yield of about 20% for the POA reaction.

3.2. X-ray diffraction

Diffraction patterns of V/MgO catalysts obtained in air after
calcination and post-reaction conditions are shown in Fig. 3. The
calcined V/MgO catalyst shows three broad lines for MgO at 2� of
43.0◦, 62.3◦, and 78.5◦ corresponding to the three main diffraction
lines of the MgO. There is an absence of lines for V2O5 in the diffrac-
tion pattern, as they should appear between 20◦ and 35◦ possible
due to having an amorphous nature or because they form a thin
film monolayer that does not yield diffraction lines. No detectable
change in structure seems to occur after reactor use in either reactor
system.

Fig. 4 shows the pre- and post-reaction diffraction patterns for
the BiMo oxide catalyst. The crystalline structures of BiMo oxides
are evident in all three patterns shown and are representative of

the �-(Bi2Mo3O12) and �-(Bi2MoO6) phases of BiMo confirming
that the BiMo oxide catalyst is a mixture of at least two of the three
BiMo oxide phases.

The XRD patterns of the fresh and post-reaction IMR catalysts
shows little change for peaks corresponding to both the �- and
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Fig. 4. XRD patterns for the BiMo oxide catalyst: (bottom) calcined, (middle) post-
reaction 2B-IMR and (top) post-reaction 2B-FBR, (—) Bi2MoO6 and (- - -) Bi2Mo3O12.

Table 1
XPS results for the V/MgO catalyst.

Conditions V/MgO catalyst

BE (eV) V2O5s (%) BE (eV) MgOs (%)
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Calcined 49.5 28.9 517.3 71.0
Post-reaction 2B-IMR 49.5 21.0 517.3 78.9
Post-reaction 2B-FBR 49.5 22.9 517.3 77.1

-phases of BiMo oxide. Obvious differences can be seen in the post-
eaction 2B-FBR catalyst diffraction pattern, which shows peaks
nly for the �-phase of BiMo oxide, as the low angle peaks corre-
ponding to the �-phase are not present. This lack of �-phase peaks
emonstrates a change in the crystal structure of the BiMo oxide
atalyst upon reaction in the 2B-FBR, not seen after reaction in the
B-IMR.

The different phases present among the pre- and post-reaction
RD patterns of the BiMo oxide catalysts are significant for the
OA reaction as the three BiMo oxide phases have varying activ-
ty and selectivity for the POA reaction. �-Phase BiMo oxide is the
east active and selective of the three phases [10,21–23], and the

ain bulk phase detected in the post-reaction 2B-FBR catalyst. The
bsence of the more selective �- and �-phase BiMo oxides is the
ause for the reduction in selectivity to acrolein observed in the
B-FBR as opposed to the 2B-IMR where the �-phase is still present.

. X-ray photoelectron spectroscopy

Surface analyses of the catalysts were conducted pre- and
ost-reaction conditions by ex situ XPS. As with the ex situ XRD
xperiments, XPS experiments identify changes to the catalyst after
xposure to different conditions (including air during transfer to
he XPS equipment) and under the UHV conditions of the XPS

pparatus. Thus, the XPS results can be extrapolated to reaction
onditions only if the surface is not affected due to exposure to air
nd vacuum, which seems to be the case in the results obtained.
ables 1 and 2 summarize the XPS results for the V/MgO and BiMo

able 2
PS results for the BiMo oxide catalyst.

Conditions Bio-oxide catalyst

BiMo oxide (eV) % Bi2MoO6 (eV) % Ratio

Calcined 160.0 42.3 158.3 25.3 1.7
Post-reaction 2B-IMR 160.0 32.3 158.3 22.2 1.4
Post-reaction 2B-FBR 160.0 0.00 158.3 62.5 0
day 156 (2010) 124–131 127

oxide catalysts, respectively, in terms of binding energies (BE) and
surface ratios.

The BE of the Mg 2p and V 2p3/2 transitions are unchanged
at 49.5 eV and 517.3 eV, respectively for any of the conditions
analyzed. These BE correspond to transitions from V5+ and Mg2+

oxidation state, respectively [24]. The difference among these sam-
ples is in the fraction of V2O5 on the catalyst surface. The fresh
catalyst has about 29% vanadium on the surface in the form of V2O5
which is reduced to about 22% after reaction. The decrease in the
amount of surface V2O5 is possibly due to the mechanism for the
ODH reaction which can occur via reaction with surface oxygen
and gas phase propane to form propylene [25–27]. The reduction
of the surface through this reaction removes some of the oxygen in
the V2O5 decreasing the overall percentage of V2O5 on the catalyst
after reaction, as seen in the XPS results. The post-reaction catalysts
show similar surface concentrations of V2O5, for the FBR and IMR
configurations indicating that the V2O5 has a similar structure and
composition in either reactor environment.

The BiMo oxide catalysts were also examined by XPS in both
fresh and post-reaction conditions with the results tabulated in
Table 2. Bi peaks in the XPS from the 4f7/2 transition indicate the
presence of two main surface species that can be identified as
Bi2MoO6 (�) at a BE of 158.3 eV and other BiMo oxides at a BE of
160.0 eV [24]. The calcined BiMo oxide catalyst shows peaks for
both the �-phase and other BiMo oxide phases, consistent with the
XRD patterns in Fig. 3. The main differences amongst the pre- and
post-reaction catalysts are in the ratio of the �-/�-phases on the
surface of the BiMo oxide catalyst which decreases from 1.67 to 1.45
to 0 for the fresh, post-reaction IMR, and post-reaction FBR, respec-
tively. This demonstrates that the calcined and post-reaction IMR
BiMo oxide catalysts contain a mixture of the BiMo oxide phases
while the post-reaction FBR catalyst has only the �-phase in agree-
ment with the XRD results. The XPS results demonstrate a clear
difference in the phases present for the different BiMo oxide cata-
lyst samples depending on the reactor used. As the fresh catalyst is
exposed to the reaction gases, the depletion of the surface oxygen
alters the structure of the BiMo oxide to reduce the amount of the
�-phase present. As this change occurs, the activity and selectiv-
ity of the catalyst is reduced. The complete lack of the more active
�-phase in the post-reaction FBR catalyst, combined with the pres-
ence of the �-phase in the post-reaction IMR catalyst, suggests that
the selectivity in the IMR will be higher than the FBR because of the
phases present.

In summary, the characterization results show clearly that the
V/MgO and BiMo oxide catalysts change after exposure to reac-
tion conditions. The XRD and XPS results correlate well with each
other and demonstrate the reduced state of the catalyst following
reaction. The changes to the V/MgO catalyst are only seen between
the calcined catalyst and the two post-reaction catalyst samples.
However, the BiMo oxide catalyst shows a large difference in the
phases present between the calcined and post-reaction conditions
between the FBR and IMR. The ability of the IMR design to main-
tain the presence of the active BiMo oxide phase under reaction
conditions clearly demonstrates the potential benefits in improved
selectivity for the IMR over the FBR.

5. Catalytic activity

5.1. Single-bed fixed bed reactor experiments
Single-bed catalytic fixed bed reactor experiments provide a
basis of comparison to verify any effect due to the use of the mem-
brane reactor. Time on stream experiments in fixed beds indicated
that two hours time on stream were required to reach steady state
activity. Our prior simulations [1] showed the O2:HC ratio and
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ig. 5. Conversion and product selectivity for various O2/HC ratios for the ODH of
ropane over the V/MgO catalyst in the FBR at 500 ◦C.

emperature to be the critical parameters in the selective oxida-
ion reaction and these effects are the focus of these experiments.
as phase reactions in the absence of a catalyst for both propane
nd propylene oxidation were found to be minimal and have been
gnored for these studies.

.2. Fixed bed oxidative dehydrogenation of propane

Conversion of propane and selectivity towards propylene, CO,
nd CO2 are presented in Fig. 5 as the O2:HC ratio vary from 0.5:1
p to 2:1. At the stoichiometric ratio, the conversion is 20% with
electivity to propylene of 38%. Increasing the ratio to 1.25 raises
he conversion to about 35% but selectivity decreases to about 30%.
urther increase of the O2:HC ratio has no effect on conversion and
electivity as they remain at about 35% and 30%, respectively, up
rom an O2:HC ratio of 2.

The ODH reaction selectivity is highest at the stoichiometric
2:HC ratio of 0.5:1 which is consistent with the prior simulation

esults in our laboratory [1] and the reaction mechanisms proposed

n literature [25,28,29].

Temperature effects on the conversion and selectivity of the
DH reaction are shown in Fig. 6. The conversion increases slightly

rom 15% at 450 ◦C to 20% at 500 ◦C whereas the selectivity to

ig. 6. Propane conversion and products selectivity for the ODH of propane reaction
ver the V/MgO catalyst in the FBR at 450 ◦C, 475 ◦C and 500 ◦C at an O2:HC ratio of
:2.
Fig. 7. Propene conversion and selectivity at various temperatures for POA reaction
over the BiMo oxide catalyst in the FBR at an O2:HC ratio of 1:1.

propylene is relatively constant with temperature, around 40%. The
increase of the propylene yield (conversion × selectivity) is favor-
able and compensate any loss in selectivity, therefore subsequent
studies were conducted under these optimal conditions (500 ◦C
with an O2:HC ratio of 0.5:1) for the ODH of propane over a V/MgO
catalyst.

5.3. Fixed bed partial oxidation of propylene (POA) to acrolein

As with the ODH of propane, gas phase reactions were ignored
due to less than 1% conversion of propylene in absence of a catalyst.
Time on stream results of the POA reaction over the BiMo oxide cat-
alyst showed that deactivation occurred over the first three hours
time on stream before attaining a steady activity. For this reason,
all data for the POA reaction are reported after three hours of time
on stream. The XRD and XPS results previously discussed show a
reduction in the ratio of the �-/�-phases. Clearly the change in
this ratio during the three hrs TOS prior to the steady state was
responsible for change in activity and selectivity.

During the POA reaction, formation of COx is kinetically and
thermodynamically favored, thus the O2:HC ratio is again of impor-
tance. Experimentally it was found (not shown) that the optimum
ratio equals the stoichiometric ratio of 1:1. The effect of temper-
ature at the stoichiometric ratio, shown in Fig. 7, indicates that
at temperatures above 400 ◦C, the selectivity of the BiMo oxide
catalyst to acrolein is greatly reduced, from a maximum of 60%
selectivity at 400 ◦C down to 27% at 450 ◦C. COx selectivity is
proportional to the temperature as the COx selectivity continu-
ously increases with increasing temperature. Propylene conversion
reaches a maximum of 30% at 425 ◦C which corresponds to the tem-
perature for complete oxygen conversion. The lack of an Arrhenius
behavior is due to the deactivation behavior of the catalysts which
as shown by the characterization behavior involves a phase change.
These results indicate the POA reaction should be run between
400 ◦C and 425 ◦C at the stoichiometric ratio of 1:1 for oxygen and
propylene as supported by prior simulations [1] and the proposed
mechanisms in literature [30–33].

5.4. Single-bed inert membrane reactor experiments

5.4.1. IMR conversion during oxidative dehydrogenation of

propane

The membrane reactors follow the trends seen in the FBR with
respect to the O2:HC ratio and temperature. One difference, shown
in Fig. 8 for the ODH of propane, is that with increasing O2:HC ratio,
there is a gradual increase in conversion in the IMR along with a
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ig. 8. Effect the O2:HC ratio on propane conversion and oxidation product selec-
ivity for the ODH of propane over the V/MgO catalyst in the IMR at 500 ◦C.

orresponding gradual decrease in the propylene selectivity. In the
BR, we observed a sharper increase in conversion and decrease
n selectivity to propylene that reached a plateaux and remained
onstant as the oxygen ratio was increased. In the IMR, at a stoi-
hiometric O2:HC ratio of 0.5:1 a 20% conversion of propane and
2% selectivity to propylene was attained. Increasing the O2:HC
atio increases the conversion up to 38%, but it reduces propylene
electivity to 23% with the corresponding increase in COx produc-
ion.

Temperature effects in the IMR are similar to the trends
bserved in the FBRs and thus are not shown. Increasing tempera-
ures in the membrane reactor increase conversion of propane and
ecrease the selectivity to propylene. As with the single-bed FBR
esults, the best yield for the ODH reaction are obtained at 500 ◦C
ith an O2:HC ratio of 0.5:1. Comparison of the FBR and IMR under

dentical conditions for the ODH reaction shows the selectivity to
ropylene is slightly higher in the IMR than in the FBR.

.4.2. IMR for the partial oxidation of propylene to acrolein
Adjusting the O2:HC ratio for the POA reaction in the IMR reveals

maximum selectivity to acrolein at the stoichiometric value of

:1, as shown in Fig. 9. The stoichiometric O2:HC ratio produces a
electivity to acrolein of 69% while maintaining a low selectivity to
Ox (<20%). Increasing the oxygen above the stoichiometric value
romotes the complete oxidation reactions and does not enhance
he selective oxidation reaction to acrolein.

ig. 9. Effect of the O2:HC ratio during the propylene conversion and oxidation
roduct selectivity for the POA to acrolein reaction over BiMo in the IMR at 400 ◦C.
Fig. 10. Propylene conversion and product selectivity at various temperatures for
the POA reaction to acrolein over BiMo in the IMR at an O2:HC ratio of 1:1.

The IMR exhibits the highest yield of acrolein between 400 ◦C
and 425 ◦C (Fig. 10) while limiting the formation of COx. The single-
bed experiments for the POA reaction in both the FBR and IMR
attain the best results with a stoichiometric ratio of 1:1 and at tem-
peratures between 400 ◦C and 425 ◦C. Comparing the selectivity to
acrolein of the two reactor configurations, show that acrolein selec-
tivity is higher by 10% in the IMR than in the FBR at both 400 ◦C and
by 20% at 425 ◦C for the O2:HC ratio of 1:1. The conversions are
slightly different at 27% at 400 ◦C and 36% at 425 ◦C.

The single-bed experiments show the selectivity of the desired
products in both the ODH and POA reactions are slightly higher
in the IMR in comparison to the FBR. These improvements, while
relatively small, suggest that the direct conversion of propane to
acrolein reaction will result in larger improvements in selectivity
in the dual bed membrane reactor.

5.4.3. Dual bed experiments for the propane to acrolein reaction
Dual bed experiments combine the catalyst bed for the ODH

and POA reactions previously discussed in a single reactor. Dual
bed FBR (2B-FBR) and dual bed IMR (2B-IMR) experiments were
run under conditions similar to the optimum operating conditions
determined through single-bed experiments. Therefore, the first
bed for the ODH reaction was run at 500 ◦C with an initial O2:HC
ratio of 0.5:1 and a total flow rate of 100 cm3/min, and the second
bed for the POA reaction was run at 425 ◦C. In the 2B-FBR, the flow
rate and O2:HC ratio in the second (POA) catalyst bed are prede-
termined from the effluent from the ODH catalyst bed. However, in
the 2B-IMR, oxygen was added to the POA catalyst bed through a
membrane tube in the second bed to provide an O2:HC ratio of 1:1
in the POA catalyst bed.

Dual bed reactors configurations were investigated first to
determine the effect of adding a membrane bed first to the POA
catalyst bed and then to both the ODH and POA catalyst beds. The
best results were obtained with dual bed configurations with the
a 2B-FBR resulted in a 3.5% acrolein selectivity and selectivity to
propylene of ∼19.5%, and a 2B-IMR yielded acrolein selectivity of
6.8% and propylene selectivity increased to 28.7%. Propane conver-
sion decreased from 35% for the 2B-FBR, to 26% for the 2B-IMR.

While improvements in the acrolein selectivity were expected
between the 2B-FBR and 2B-IMR based upon the single-bed experi-
ment results, we also observed an increase in propylene selectivity.

This can be explained as an additional conversion of the uncon-
verted propane from the ODH bed on the POA bed.

Although the 2B-IMR is advantageous compared to the 2B-FBR,
the selectivity to acrolein and the resulting yield are still low.
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ig. 11. Acrolein selectivity in the 2B-FBR and 2B-IMR. BiMo catalyst mass: (A) 0.5 g
nd (B) 2.0 g. Stoichiometric O2:HC ratio and reactor bed temperatures of 500 ◦C and
25 ◦C, respectively.

he significantly high propylene selectivity however in the 2B-
MR indicates that there is potential for additional conversion of
ropylene to acrolein in the second bed. Increasing the mass of
he POA catalyst bed is the easiest method to increase the conver-
ion of propylene and thereby increasing acrolein selectivity. The
nitial dual bed reactor runs were performed with two equal cata-
yst beds of roughly 0.5 g. To promote the conversion of propylene
n the POA catalyst bed, the BiMo catalyst mass was quadrupled
o 2.0 g of catalyst Fig. 11. This increase of the catalyst mass had
ittle improvement on the selectivity to acrolein in the 2B-FBR as
t increased from 2% to 3% with the quadrupled BiMo catalyst bed.
owever, the increased bed mass had a significant effect on the 2B-

MR. The acrolein selectivity increased from a meager 6.9% to 21.5%
t the same propane conversion. This increased acrolein selectivity
as directly related to a simultaneous decrease in the propylene

electivity.
The larger catalyst mass also revealed a deactivation in the 2B-

BR that was not observed in the 2B-IMR under any conditions.
he dashed outline in Fig. 11 represents the initial selectivity to
crolein in the 2B-FBR at the two different catalyst masses for the
econd reaction bed. With the 0.5 g catalyst bed in the 2B-FBR, the
electivity decreased from an initial value of 4.2% down to 2% during
hree hours of time on stream. However, the selectivity to acrolein
n the quadrupled catalyst bed dropped from 15.3% to 2.9% after four
ours time on stream. No such decrease in selectivity is observed

n the 2B-IMR with the quadruple mass of BiMO catalyst.
It is proposed that this deactivation is due to the near complete

onversion of oxygen in the 2B-FBR and little oxygen being sub-
equently available to reoxidize the active sites in the BiMo oxide
atalyst during reaction conditions. The addition of a supplemental
xygen stream to the POA catalyst bed in the 2B-IMR reduces this
eactivation and enables the 2B-IMR to maintain its initial activ-

ty and selectivity to acrolein. It should be noted, however, that
he selectivity of the 2B-IMR to acrolein is always higher than that
f the initial 2B-FBR selectivity at any of the experimental condi-
ions. This is further supported by the characterization results of

he BiMo oxide catalyst by XRD and XPS. The post-reaction FBR
atalysts showed a more reduced BiMo catalyst, and thereby less
ctive, than either the calcined or post-reaction IMR catalysts. The
bility of the 2B-IMR to maintain the more active phase of the BiMo

[
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oxide arrests the deactivation of the catalyst and resulted in a much
higher acrolein selectivity after 3 hrs TOS. Further optimization of
catalysts and residence times could lead to even further conversion
of propane to acrolein.

6. Conclusions

Single-bed and dual bed reaction studies demonstrated
improvement of a given catalysts’ selectivity by changing the reac-
tion configuration from a traditional fixed bed to a membrane
reactor. The membrane reactor provides higher selectivity and yield
of the desired product than the fixed bed reactor in the ODH-POA
and propane to acrolein in dual bed reactor systems. Distributing
the oxygen through the use of the IMR was effective in reducing
the local O2:HC ratio in the reactor and subsequently increased the
selectivity to the desired product. The versatile nature of the dual
bed reactor system enabled the optimization of the yield to acrolein
by varying the mass of catalyst and oxygen flow in the second bed.
More interestingly, control of the oxygen in the second bed also
prevents the deactivation of the POA catalyst in the dual bed reac-
tor system. Due to its versatile nature and its catalyst independent
effect, the membrane reactor holds the potential to be a useful tool
in promoting the formation of the desired product in other catalytic
selective oxidation reaction networks.
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